Introduction
The concentration of greenhouse gases has increased since the preindustrial period, driven largely by economic and population growth. This has led to atmospheric concentrations of carbon dioxide, methane and nitrous oxide unprecedented in at least the last 800,000 years [1] . The main greenhouse gases are H 2 O, CO 2 , CH 4 , N 2 O, CFC's and SF 6 , and their potential can be classified depending on the volume of emissions and persistency in the atmosphere. According to these two parameters, CO 2 has the largest contribution to the greenhouse effect by far. Nowadays, the global atmospheric CO 2 concentration exceeds 400 ppm, very far from pre-industrial values (280 ppm) and an increase to 426-936 ppm is projected for the 21st century depending on different scenarios [1] . Only emission scenarios limiting CO 2 concentrations to about 450 ppm in 2100 are likely to maintain global warming below 2°C by the end of this century.
The Intergovernmental Panel on Climate Change [2] , in collaboration with the International Energy Agency [3] , reviewed different technological strategies to reduce the net CO 2 emissions. The long term solution is the total replacement of current fossil fuels by renewable energy sources. However, a midterm strategy is required, mainly considering that fossil fuels are still the most important sources worldwide for energy conversion processes. A feasible midterm solution to mitigate CO 2 emissions to the atmosphere coming from fossil fuels is referred to as Carbon Capture and Storage (CCS), which could account up to 19% of the total reduction in emissions needed. In CCS a relatively pure stream of carbon dioxide from industrial and energy-related sources is sequestrated, i.e. conditioned, compressed and sent for long term storage.
Capture of CO 2 from fossil fuels and/or biomass can be carried out at different stages in industrial power and heat production processes: post-combustion capture, pre-combustion capture and oxyfuel strategy [2, 4] . However, implementation of CCS systems with state-of-the-art industrial technologies requires costly gas separation units with high energy costs that limit the overall efficiency of the process, as already demonstrated in different publications in the literature. For instance, the equivalent global efficiency of H 2 production via the benchmark steam reforming technology of methane/natural gas might drop from 80% to 67%, when a current pre-combustion technology is implemented, as reported by Spallina et al. [5] . In the case of coal gasification for hydrogen production, CO 2 transport and storage would increase hydrogen production costs by about 10-15% [6] . These studies show that the efficiency penalty is the main limiting factor for the implementation of CCS systems in benchmark technologies and still many efforts are required to improve these separation steps.
As reviewed by the IPCC in 2005 [2] , a promising technology for oxyfuel CCS capture is Chemical Looping [7] [8] [9] [10] , which has been successfully investigated for power generation (Chemical Looping Combustion, CLC) and for fuel partial oxidation (Chemical Looping Reforming or Gasification, CLR). The idea behind Chemical Looping is to divide the conversion of the fuel into separated oxidation and reduction stages by means of a solid material transferring oxygen. In this technology, the separation of oxygen from air is accomplished by fixing the oxygen to a metal (oxide), as schematically presented in Fig. 1 . This (often supported) metal/metal oxide particle is referred to as oxygen carrier. While in the so-called air reactor the oxygen carrier is oxidized (regenerated), it releases the oxygen needed in the fuel reactor, which operates at reducing atmospheres in the presence of the fuel. Often, an interconnected fluidized bed reactor system has been proposed, as reviewed by Adanez et al. [11] , where the solids circulation rate between the two reactors strongly determines the energy balance in both reactors, and thus the performance of this technology. The main advantage of chemical looping compared to conventional technologies is the absence of N 2 in the fuel reactor. This implies a high-purity stream of carbon dioxide in chemical looping combustion for power generation, or lower O 2 consumptions in chemical looping reforming (CLR) [12] . In chemical looping reforming, the fuel conversion produces a reformed syngas with a high H 2 concentration and the technology works as an autothermal reformer, where the heat for the endothermic reactions is supplied by partial oxidation of the fuel gas in the fuel reactor. Further information on Chemical Looping can be found in the open literature [11, [13] [14] [15] [16] [17] [18] [19] .
Another strategy to limit the CO 2 concentration in the atmosphere to below 450 ppm in 2100 is the substitution of fossil fuels by clean energy carriers like H 2 , which does not produce CO 2 in its final use [20, 21] . However, H 2 does not exist as a gas on earth, but has to be first produced. The benchmark technology for H 2 production is the conversion of natural gas in fixed bed tubular reformers at high temperature and high pressure, referring to as Steam Methane Reforming (SMR). However, this process is one of the main contributors to CO 2 emissions to the atmosphere. At this stage, the combined use of fossil fuels and the necessity of high-purity H 2 production drives the current research towards an increase in the efficiency of the Steam Methane Reforming process with CO 2 capture.
A novel technology in the framework of process intensification is the use of membrane reactors [22] [23] [24] [25] [26] . In a membrane reactor, chemical reaction and product separation occur in the same unit, thus achieving an important process integration which accomplishes a reduction in the required number of process units even when aiming for CO 2 capture. In equilibrium limited reaction systems, the selective separation of a product of the reaction (i.e. H 2 ), implies the displacement of the thermodynamic equilibria towards products following Le Chatelier's principle. This accomplishes an enhancement in the fuel conversion, while the separation of a pure product from the membrane is occurring at the same time. In H 2 production processes, supported Pdbased membranes show the best compromise between the permeation rate through the membrane, the perm-selectivity, mechanical and chemical stability and costs among other options and represent the preferred material compared to other noble metals [22] . However, the heat management when integrating CO 2 capture is not straightforward in a membrane reactor, mostly because the system is overall highly endothermic and heat should be supplied externally unless challenging configurations are adopted [27, 28] .
The combination of Chemical Looping and membrane reactors has the potential of merging in an efficient way direct CO 2 capture and (ultra) pure H 2 production. This novel reactor concept was thermodynamically proposed by Medrano et al. [29] under the name Membrane-Assisted Chemical Looping Reforming (MA-CLR). In this system, a fluidized bed membrane reactor substitutes the fuel reactor of the Chemical Looping concept, whereas the oxygen carrier has a double functionality. On the one hand the solid metal transfers the oxygen needed for the partial oxidation of the fuel in the membrane reactor and is used for a proper heat balance. On the other hand, when the oxygen carrier is reduced in the membrane reactor, it behaves as a catalyst for fuel reforming. A representation of the MA-CLR concept is given in Fig. 2 . In this concept, both catalytic and gas-solid reactions are occurring simultaneously. The different reactions (using a Ni-based oxygen carrier) are reported in reactions R1-R6.
Catalytic reactions (R6)
Thermodynamic analysis confirmed the potential of this concept compared with other concepts proposed in the literature [24] . Also a detailed techno-economic analysis of this concept was carried out and compared with the benchmark steam reforming technology for H 2 production [5] . From the results of the techno-economic analysis, it has been found that the use of Pd-based membranes do not compromise the H 2 production costs since their net capital costs are similar to PSA and CO 2 for the benchmark technology without and with CO 2 capture). Therefore, the potential found for the MA-CLR concept through these previous investigations needs to be demonstrated experimentally. In this work, the MA-CLR has been for the first time operated and demonstrated in a continuous chemical looping system at lab scale level. In this concept, three perm-selective metallic supported Pd-based membranes have been immersed in the fuel reactor, and a commercial Ni-based catalyst provided by Johnson Matthey has been selected as oxygen carrier and catalyst for the concept [30] . Simultaneously, in order to better understand the behavior of the MA-CLR concept, a 1D phenomenological model has been developed and validated in this work. This model is based on the approach described in the work of Iliuta et al. [31] , who adjusted the bubbling bed model from Kunii and Levenspiel [32] for a chemical looping system. The objective behind the model is that it should be reliable and validated with experimental data, so that results can be extrapolated to larger scales, which in its turn can help in designing larger reactors in future works.
In the following sections, first the phenomenological model is presented. Afterward, a detailed description of the lab-scale reactor is given together with the selected experimental conditions tested for the demonstration of the MA-CLR concept. Subsequently, the experimental demonstration is presented and the experimental results are compared with calculation results obtained with the developed phenomenological model and they are thoroughly discussed. Finally, several guidelines and recommendations for further development are given together with the general conclusions obtained from this work.
Phenomenological model
The model is based on the approach presented by Iliuta et al. [31] , who adopted the 1D continuum model describing the three phase system of the bubbling bed model from Kunii and Levenspiel [32] and modified it for a chemical looping interconnected fluidized bed system. A scheme of the system is presented in Fig. 3 . In this model, both the gas and the solid phases are described. The gas phase is fed into the reactors at a superficial gas velocity (u 0 ) above the minimum fluidization velocity (u mf ) and forms a bubble phase with fraction f b with a characteristic bubble diameter (d b ) as a function of the axial position. The remaining gas moves upwards in the emulsion phase at the emulsion velocity (u e ) and the gas is exchanged with the gas in the bubble phase (K be ). A bubble solids hold-up of 0.025 is selected as suggested in literature [33] . The wake with a fraction α relative to the bubble fraction moves upwards with a velocity equal to the bubble velocity (u b ) and has the porosity of the emulsion phase, which is assumed at minimum fluidization conditions (ɛ mf ). On the other hand, solids move downwards in the emulsion phase at a velocity u e,s and are exchanged with the solids in the wake-bubble phase (K we,s ).
The model is simplified to steady state conditions and a general mass balance can be written for the gas phase in the bubble and emulsion phases as stated in Eqs. (1) and (2), respectively. A summary of the hydrodynamics (Eqs. (3)- (10)) and mass transfer (Eq. (11)) correlations used in this work is reported in Table 1 . The current version of the model does not solve the energy balance of the system and the temperature along each reactor is considered to be constant. 
Emulsion phase:
The molar expansion as consequence of the reforming reaction is accounted for in the model by solving the total mass balance for every axial position. This is done by evaluating the emulsion gas velocity as presented in Eq. (7) in Table 1 . Similarly, as for the gas phase, the solid phase is solved at each axial position in the bed and a general mass balance can be written for the wake phase moving upwards in the bed and the emulsion phase moving in downwards (Eqs. (12) and (13)). In this case, the solids velocity in the emulsion phase (downwards) is calculated from the mass balance in each position (Eq. (14)) as shown in Table 2 . Finally, the solids mixing between the wake and emulsion phases is calculated from the correlation described in the work of Gascon et al. [38] and presented in Eq. (15) .
The solid phase used in the model (also for the experimental demonstration) is the commercial Ni-based oxygen carrier investigated in the literature for low temperature chemical looping applications, from where the gas-solid reaction rate expressions are used [30] . From the gas-solid reaction rate expressions, and also according to experimental observations, it is evidenced that CH 4 does not reduce NiO at the considered operating conditions. Therefore, a small fraction of reduced Ni is required in order to promote the reforming reaction, so that H 2 and CO reduce the NiO oxygen carrier. The catalytic kinetic expressions are obtained from the work of Numaguchi and Kikuchi [39] . An overview on the kinetics expressions for the heterogeneous catalyzed gas phase reactions (Eqs. (16) and (17)) and gas-solid reactions (Eqs. (18)- (21)) is provided in Table 3 and Table 4 respectively.
The gas phase represents an initial boundary problem where the input should be specified. On the other hand, the solids phase represents a boundary value problem. It refers to the solids circulation rates from one reactor to the other one and vice versa. It is assumed that oxidized oxygen carrier moving upwards in the wake phase on the top of the air reactor is split into two different streams. One is entering at the top of the fuel reactor in the emulsion phase, while the other part is incorporated into the emulsion phase in the air reactor. Similarly, solids at the bottom of the fuel reactor are split into solids entering into the wake phase of the bubbles in the fuel reactor and solids circulated to the bottom of the air reactor in the wake phase. This solid circulation is also schematically represented in Fig. 3 . Therefore, to accurately solve the general mass balance, gas and solid hydrodynamics should be solved at once to satisfy the boundary conditions.
The placement of membranes inside the fuel reactor is simulated by imposing as condition that the maximum bubble diameter is equal to the minimum distance between two membranes. Gas permeation through the membranes follows a Fick's law expression (Eqs. (22) and (23)) and the main parameters are the ones summarized in the work of Fernandez et al. [40] for a Pd-based metallic supported membrane (as also used in this work) and are depicted in Table 5 . For the model, it is assumed that ideally only H 2 can permeate through the membranes (i.e. infinite perm-selectivity). As it is difficult to predict from which phase the H 2 is permeating, it is assumed that the total amount of H 2 permeated comes from both emulsion and bubble phases proportionally to their fractions in the bed [41] . As part of the gas phase is removed from the bed, the general mass balance is adjusted and the new set of equations for the gas phase leads to Eqs. (24) and (25) for the bubble and emulsion phases respectively. Furthermore, since mass transfer resistances (concentration polarization) for H 2 permeation through this type of membranes are expected, in this work it is assumed a reduction of 40% in the extent of H 2 permeation compared to the ideal permeation given by the parameters presented in Table 5 . This is done based on previous literature data [26, 42] , and it is implemented in the model as the mass transfer resistance coefficient β presented in Eq. (22) and that has (in this work) a constant value of 0.6. A more detailed description of the concentration polarization is outside the scope of this work and will be incorporated in the model in the future.
Bubble phase: 
Emulsion Phase: 
The resulting system of equations is solved using a standard finite difference technique with a first order upwind scheme for the convection terms and Newton-Raphson's method. In total 3000 grid cells are required for grid independent solutions and since the bubble growth is controlled by bubble breakage and the ratio of the bed height over the diameter is relatively high, axial back mixing can be ignored in the model. The boundary and operating conditions and parameters used in = and Re mf ρ g u mf dp μ g [34] (3) 
Wake fraction
Emulsion fraction
Mass transfer Mass transfer coefficients gas phase
Table 2
General mass balance equations for the solids phase and equations used for the calculation of solids velocities.
Emulsion phase: 
Mass transfer coefficients solid phase
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the model have been set equal to the conditions tested in the experimental facility, viz. temperatures or inlet gas compositions.
Experimental methods

Description of the setup
A scheme of the lab-scale setup used for the experimental activities is presented in Fig. 4 (5) . Oxidized particles are separated in the cyclone and driven to a vessel (6) where particles are collected creating an overpressure through a fixed bed that restricts gas bypass between the reactors. This vessel is connected to a manual gate valve (7) that controls when solids move towards the fuel reactor. The outlet of the gate valve is connected to a 0.008 m o.d. stainless steel tube (8) from where solids fall into the freeboard of the fuel reactor. Therefore, the solids circulation rates are controlled and limited by this tube. To modify the solids circulation rates the diameter of this tube should be changed. Both fuel and air reactors are operated at atmospheric pressure and are placed inside electrical ovens to maintain uniform reaction temperatures, while the remaining parts of the setup (until coolers) are insulated to reduce heat losses.
The oxidized particles falling into the fuel reactor are partially reduced in the freeboard with the unconverted species (CO, CH 4 and H 2 ) leaving the fuel reactor, which leads to two advantages: partly reduced oxygen carrier (Ni) is fed to the fuel reactor to start the catalytic reactions and the flue gas leaving the fuel reactor consists, ideally, of a mixture of CO 2 and H 2 O. The particle size of the oxygen carrier ranges from 150 to 250 µm and its minimum fluidization velocity has been measured at different temperatures with the standard pressure drop method. More detailed information on this oxygen carrier can be found in previous works [30] . Three metallic supported Pd-based membranes (9) have been immersed in the fuel reactor and are connected to a vacuum pump (10) to provide the driving force for gas separation. The support material of these membranes is Hastelloy-X and they are 0.13 m in length and 9.5 · 10 −3 m in diameter and are similar to other membranes already presented in the literature [24, 40] , where a Pd selective layer of ∼4-5 µm was measured. The permeate flow rate is measured with a mass flow meter (11) connected downstream of the vacuum pump. This allows the measurement of two parameters that indicate the performance of the membrane: (i) the hydrogen recovery factor (HRF) and (ii) the separation factor (SF) and that are defined as in Eqs. (26) and ( The inlet gas and steam streams are controlled by mass flow controllers and a controlled evaporator mixer (12) respectively supplied by Bronkhorst. N 2 is fed in the loop seal to move the solids from the fuel to the air reactor and avoid mixing of the methane fed to the fuel reactor with air introduced through the bottom distributor to the air reactor. In a real process system, steam should be used in the loop seal since it can be separated afterwards by condensation. Air (undiluted or diluted with N 2 ) is fed to the air reactor. The outlet composition of the gases is analyzed with an in-line IR analyzer (model Sick GMS815P) (13) . To prevent damage of the analyzer, fine particles are removed using solid filters (14) of 40 μm mesh size and the steam is condensed in coolers (15) to avoid that water enters the IR analyzer. Safety valves and gas sensors have also been installed throughout the setup to avoid any kind of pressure increase that might damage the installation and to detect possible gas leaks. Pictures of the experimental facility are provided in Fig. 5. 
Design of experiments
The two reactors are heated up in N 2 at a heating rate of 2°C/min. The riser, cyclone and vessel are heated up by the solids circulating Table 4 Expressions used for the gas-solid reactions kinetics [30] . 
With the following parameters
[m] between the two reactors. The total inventory is 2.5 kg of oxygen carrier. For the experiments the gate valve is first closed to create a sufficiently long fixed bed in the vessel to completely seal the two reactors. Afterward, the valve is slightly opened and the system adjusts itself without any gas bypass. This fact has been confirmed by feeding CO 2 traces in one of the reactors and analyzing the outlet composition of the exhaust of the other reactor. The performance of the membranes has been checked on a daily basis by measuring the permeability and ideal perm-selectivity always at the same temperature (480°C). In total, the setup has been operated for more than 100 h of operation (including inert gas tests by feeding only N 2 to the two reactors). The temperature oscillations at different positions throughout the setup and pressure fluctuations in the riser are indicators of the presence of solids circulation. Different experimental conditions have been selected in order to demonstrate that pure H 2 can be produced with the MA-CLR concept. In particular, experiments have been done first with a CLR configuration, thus without membranes. Subsequently, the immersed membranes in the fuel reactor are opened and the vacuum pump is connected to extract H 2 selectively, thus operating the reactor in the MembraneAssisted Chemical Looping Reforming configuration. For all the cases a methane concentration of 20% (vol.) is selected, while the steam to carbon (S/C) ratio and the amount of oxygen fed to the air reactor (thus the overall O/C ratio) have been varied to gain more knowledge on the behavior of this concept. N 2 is used as carrier gas for the quantification of the results, and the split fraction of the N 2 in the loop seal (N 2 going towards fuel and air reactors) is quantified by solving the carbon balance. Carbon deposition (if any) is also quantified by measuring the CO 2 concentration in the air reactor flue gas line. A list of the experiments carried out is presented in Table 6 .
Results and discussion
Experimental demonstration
For all the results presented in this section, first the experiments have been carried out with the permeate side closed, thus in a CLR configuration. Steady state is reached almost immediately and continuous operation is kept for at least 20 min. After this period the membranes are opened and the vacuum pump is turned on. Immediately, a change in the concentration profiles in the fuel reactor is observed because of the displacement of the equilibrium. Simultaneously, the amount of H 2 permeating through the membranes is measured to quantify the hydrogen recovery factor (HRF) and separation factor (SF). A complete screening of the reaction in the CLR and the MA-CLR configurations is presented in Fig. 6 , where the outlet composition of the fuel reactor and the temperatures throughout the setup are presented. The oscillations observed in the temperatures, especially for the air reactor, are caused by the continuous movement of the oxygen carrier through the setup. When relatively cold particles enter the air reactor, the temperature inside sharply decreases. On the other hand, when the solids flux is temporarily reduced, the temperature increases rapidly because of the oxidation reactions occurring inside the reactor. During the experimental screening, some attrition of the solid material was observed since around 0.5 g of powder was collected per day from the filters. This small amount of powder slightly increased the pressure drop in the filters, although no influence on the system was evidenced. Every day the filters were cleaned to assess reproducibility of the results.
The results obtained from the experiments in Table 6 have been compared with a thermodynamic analysis done in Aspen Plus for the fuel reactor in the CLR configuration. Since oxygen is part of the process and enters the fuel reactor via its freeboard, thermodynamic calculations are carried out as two consecutive isothermal Gibbs reactors. In Fig. 4 . Detailed scheme of the setup designed in this thesis. 1-fuel reactor; 2-loop seal; 3-air reactor; 4-riser; 5-cyclone; 6-vessel; 7-gate valve; 8-discharge tube; 9-membranes; 10-vacuum pump; 11-mass flow meter; 12-C.E.M.; 13-analyzer; 14-filters; 15-coolers.
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the first Gibbs reactor, the equilibrium of the feed gas in the fuel reactor is calculated. Subsequently, the flue gas is mixed in a second Gibbs reactor (at the same temperature) with the calculated amount of oxygen introduced into the fuel reactor. The amount of oxygen participating in the reaction in the fuel reactor is calculated based on the O 2 fed to the air reactor and the amount of O 2 measured in the analyzer at the outlet of the air reactor line. In particular, all the oxygen is used for the oxidation of the oxygen carrier when feeding diluted air (5% of oxygen). Contrary, when undiluted air is fed to the air reactor, oxygen is detected in the exit gas stream and the oxygen concentration ranges from 4 to 8% (vol.) depending on the air reactor temperature. Therefore, it is a measurement of the overall oxygen to carbon (O/C) ratio inside the fuel reactor, which is in its turn used in the second Gibbs reactor. For all the cases CO 2 was not detected (< 0.2%vol.) in the air reactor exhaust stream, thus carbon deposition can be neglected at steady state conditions.
The methane conversion is presented in Fig. 7 (for a S/C ratio of 3) and Fig. 8 (S/C ratio of 2) as function of the temperature and the amount of oxygen fed to the air reactor. At a first glance to the results, it is found that the MA-CLR configuration clearly outperforms the CLR configuration for all the conditions. This is expected since the thermodynamic equilibrium is displaced by selective separation of H 2 . Furthermore, it is also observed that in all the cases, the methane conversion increases as a function of the temperature (the reaction equilibrium is favored at higher temperatures) and also as a function of the amount of oxygen fed to the air reactor. This fact is related to the partial oxidations occurring inside the fuel reactor with the oxygen transferred from the air reactor. However, the fact that partial oxidations are occurring inside the fuel reactor also leads to a decrease in the selectivity of the process towards H 2 production since gas solid reactions between the NiO and H 2 and CO are occurring inside the bed. Actually, it is confirmed experimentally that in absence of oxygen in the feed to the air reactor, all the converted CH 4 goes to H 2 and CO as for the SMR reaction. However, for the cases where 5 and 21 vol% of oxygen is fed to the air reactor, the selectivity towards hydrogen decreases to a value around 80 and 60% respectively, as measured experimentally. This indicates that part of the H 2 produced during reforming is reacting with the oxygen contained in the oxygen carrier.
When decreasing the steam to carbon ratio similar conclusions can be obtained, with the only difference that slightly lower conversions are obtained. For both steam to carbon ratios similar trends are observed regarding the influence of temperature and amount of O 2 in the feed to the air reactor. At low temperatures (< 550°C) it is observed that the calculated equilibrium is not reached in the CLR configuration and it becomes closer at slightly higher temperatures. Only at temperatures around 600°C in the fuel reactor the thermodynamic equilibrium is fully achieved with the CLR configuration, whereas the thermodynamic limitations are overcome with the MA-CLR configuration. This can be explained by the fact that the kinetics of gas-solid reactions are largely influenced by temperature [30] . Therefore, at lower temperatures a lower amount of reduced Ni particles are available in the fuel reactor with a corresponding decrease in the extent of catalytic reactions. On the other hand, when increasing the temperature, a higher extent of gas-solid reactions occur and thus more reduced Ni is available in the bed for the reforming reaction, hence the calculated equilibrium can be achieved. Since H 2 permeation is monitored during the experiments, the hydrogen recovery factor (HRF) and separation factor (SF) can be calculated for all the experiments carried out under the MA-CLR configuration, and the results are presented in Fig. 9 .
The hydrogen recovery factor follows an increasing trend as a function of the temperature and steam to carbon ratio. This is related to the higher conversions achieved at these conditions, which in its turn lead to higher amounts of H 2 in the fuel reactor with a corresponding increase in the H 2 partial pressure, and thus the driving force for selective H 2 separation. In particular, for a higher S/C ratio, the effect of a higher CH 4 conversion is more important than the increased gas dilution, which then results in an increase in the H 2 permeation rate through the membranes. In the experiments carried out feeding undiluted air to the air reactor, a decrease in the HRF compared to the other experiments at similar temperatures and S/C ratios is observed, which is attributed to the increase in the extent of the gas-solid reactions between the NiO and H 2 in the fuel reactor. In general, a maximum HRF of 30% is achieved due to the limited fuel reactor operating pressure.
On the other hand, the separation factor follows a slightly decreasing trend as a function of temperature and it is less dependent on the S/C ratio and the amount of oxygen fed to the air reactor. The fact that all the values are rather similar is associated to the fact that the SF depends on the minimum H 2 partial pressure difference between the retentate and permeate side, which is very relevant in this case since the setup is operated at atmospheric conditions. In general, the higher the temperature, the higher the amount of H 2 permeating through the membranes, as can be concluded from the HRF plot. However, when H 2 is separated through the membranes, its partial pressure decreases inside the bed to values where the driving force is small and almost no more hydrogen can be extracted, which is a common factor for all the cases, as concluded from the SF plot. During the whole set of experiments the ideal perm-selectivity of the membranes has been measured at a fixed temperature of 480°C. At the beginning of the experiments the ideal perm-selectivity measured was 5400, thus indicating high H 2 purities in the permeate stream. This value was rather constant and after the whole set of experiments the measured ideal perm-selectivity was only slightly lower (4890). Therefore, good stability of the membranes (and their sealing) has been confirmed.
From the experimental results, and more precisely based on the SFs measured, it is observed that the system is limited by H 2 separation through the membranes since the SF reaches a maximum (and constant) value of about 40-45%. In order to increase the recoveries and concomitant fuel conversion, an increase in the operating pressure and/or on the membrane surface area is required. While the setup was not designed for installing more membranes, an increase in the operating pressure in these type of reactors currently represents a technological challenge.
Since the solids circulation rates are fixed by the 8 mm o.d. tube connected from the gate valve to the fuel reactor, the influence of solids circulation rates on the performance of the process has not been investigated in this work. However, based on pressure drop measurements along the riser (using the method described in Medrano et al. [43] ), an average value of 10 g/s has been measured for all the conditions. This is expected since they are fixed with the current configuration of the chemical looping facility. The solids circulation rates and the influence on the reactor performance will be investigated in a future work after some modification of the setup.
Model validation
The model developed in this work has been validated with the experimental results presented in the previous section in terms of methane conversion, HRF and SF. Thanks to the model it is possible to predict the gas concentration profiles inside the reactors as well as the solids phase compositions in both reactors as a function of the different operating conditions. Typical profiles are presented in Fig. 10 and Fig. 11 , where the solids phase compositions and gas concentration profiles along both air and fuel reactors, in the bubble and emulsion phases are presented. These results are for a fuel and air reactor temperatures of around 600°C, a steam to carbon ratio of 3 in the fuel reactor and 5% of O 2 fed to the air reactor (diluted air in N 2 ).
Since a small amount of oxygen is fed into the air reactor (5% vol.), not all the Ni is oxidized to NiO in the air reactor. This leads to a common fraction of around 60/40 Ni/NiO at steady state conditions (the Ni loading onto the support material is 20%). If pure air is to be used in the air reactor, then almost all the active solid material is NiO (> 95% of Ni → NiO conversion). On the other hand, it is observed in the fuel reactor that almost the entire solid phase is present as Ni. This is mostly associated to the fast kinetics for NiO reduction at these temperatures with CO and H 2 and also to the fact that the amount of O 2 in the oxygen carrier is sub-stoichiometric. This behavior corresponds to the expected one in the real process, where the overall amount of O 2 to the fuel reactor is fixed to achieve auto-thermal operation and the solid phase should be working as a catalyst for the reforming reactions in the fuel reactor. At lower temperatures a higher concentration of NiO in the fuel reactor is observed due to diffusion limitations for NiO reduction. In fact, a fraction of around 10% of NiO is observed in the fuel reactor (65% in the air reactor) for a similar case as before when operating the two reactors at around 500°C.
Regarding the gas concentration profiles along the fuel reactor (Fig. 11) , it is observed that the system goes fast to the equilibrium at the bottom of the reactor. As soon as the permeation starts at an axial position of 0.04 m (and until 0.17 m) this equilibrium is shifted because of the selective removal of H 2 through the three membranes, as can be discerned from the figure. By comparing the concentration profiles in both phases, some bubble to emulsion mass transfer limitations can be observed, although not enough to largely influence the results. This is explained by the relative small bubble (and wake) fraction in the bed compared to the emulsion phase (Fig. 12 left) . It should also be remarked that the reforming reaction leads to molar expansion in the bed, thus increasing the superficial gas velocity with a corresponding increase in the bubble fraction in the bed. However, since H 2 is separated from the bed through the membranes, this implies an important decrease in the superficial gas velocity (Fig. 12 right) with a corresponding overall decrease in the bubble fraction. Moreover, it is also assumed that a small amount of particles is present inside the bubbles, which means that reaction is also occurring in the bubble phase. Overall, it leads to a relatively small influence of the bubble to emulsion mass transfer limitations.
For the modeling case presented in these figures, the measured methane conversion is 86%, while the total amount of H 2 permeated through the membrane is 0.048 mol/h (1.1 L H2 /min), resulting in a HRF of 29.3%. This is in a good agreement with data obtained experimentally at the same operating conditions as presented in Table 7 .
The results of the validation are presented in Table 7 for different steam to carbon ratios, temperatures and amount of oxygen in the feed to the air reactor. In general, the model can describe quite well the experimental results for all the conditions, although some deviations are observed. In particular, deviations between ± 10-20% are highlighted in light gray, while deviations above ± 20% are highlighted in dark gray. The average deviation in the model predictions compared with the experimental data is below 10%.
Giving a closer look to the results presented in Table 7 , it is observed that relatively large deviations are only measured at low temperatures (around 500°C). This could be explained, especially for the case of 0% O 2 fed to the air reactor, by a larger amount of NiO particles inside the fuel reactor in the experiments. In a previous work it was observed that full NiO reduction with H 2 or CO is not occurring at temperatures below 600°C [30] . Since the experiments are carried out at relatively low temperatures (and the solid phase is not reduced in between experiments at higher temperatures to avoid damage of the membranes), there is an accumulation of unconverted NiO inside the reactor that is not accounted for in the model. This implies a lower amount of reduced Ni particles for the catalytic reforming reaction in the fuel reactor, which in its turn leads to a lower extent of methane conversion. At 500°C, only in the experiments with a S/C ratio of 2 there is no important discrepancy between the model and experimental results. This is explained by the fact that these experiments were carried out after the experiments at 600°C, where the NiO was reduced to Ni. On the other hand, for the experiments carried out at higher temperatures, it is observed that the model can predict the experimental results adequately.
The modeling results in terms of HRF and SF also show a good agreement with experimental data and they both follow the same trends as measured experimentally. If concentration polarization were not accounted for in the model, the extent of H 2 permeation would be largely increased resulting in a higher methane conversion, HRF and SF.
In this work it can be concluded that the phenomenological model has been validated and that it can adequately predict the performance of the MA-CLR. However, the validation has only been done on the basis of the outlet compositions from the reactor exhaust streams, but not on the gas concentration or solids phase profiles along the reactors. To do so, several adjustments should be done to the experimental facility in order to take measurements at intermediate positions in the bed and to take samples of the solid material at different axial positions. Furthermore, the installation of solids sampling points at the inlet/ outlet of the reactors would allow the determination of the reduction state of the oxygen carrier. Therefore, still more research is needed in order to further validate the model for the MA-CLR concept. Profiles of phase fractions (left) and bubble properties and superficial gas velocity (right) as a function of the fuel reactor height for a modeling case of 588°C in the fuel reactor, S/C 3 and 5% O 2 in the air reactor operated at 596°C.
Table 7
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Nevertheless, the model can be used for the design of scaled-up reactors as well as quantification of the number of membranes needed to achieve a target recovery (target H 2 production), which already represents an important achievement for the further development of this reactor concept.
Conclusions
In this work the MA-CLR concept has been demonstrated at lab scale conditions. In this concept pure H 2 has been separated from the fuel reactor through palladium-based membranes while the Ni-based oxygen carrier was circulating between the air and fuel reactors, which in case of negligible heat losses would lead to autothermal operation. Experiments have been carried out at different conditions and the best results, in terms of HRF, have been found at high temperatures and a low amount of oxygen fed to the air reactor (5%), which gives an overall oxygen to carbon ratio (O/C) of 0.25, commonly recommended for autothermal operation in CLR units. In the case the process is carried out in absence of O 2 in the air reactor, the concept would not work at autothermal conditions. When undiluted air is used in the air reactor, the selectivity towards H 2 largely decreases (to around 60%) and it also results in a lower HRF since the O/C ratio is increased.
Together with the experimental demonstration, a phenomenological model has been developed and validated, which also accounts for bedto-membrane mass transfer resistances. Overall, a discrepancy of only 7% is achieved for the methane conversion compared with experimental data, while the deviations for the HRF and SF factors are 11% and 4% respectively, thus resulting in a quite acceptable accuracy of the model. Thus, this model can be used to predict the behavior of the MA-CLR at different operating conditions and scales, which in its turn can help optimizing and designing scaled-up experimental versions of this reactor concept.
